
is tuned for set point response, the same setting gives very 
poor load response, and vice versa. 

The response of the proposed algorithm does not de- 
teriorate when errors are present in the process parame- 
ters. Furthermore, only one algorithm is needed to com- 
pensate for both set point and load changes. This is a 
distinct advantage over the previously reported minimal 
algorithms and discrete P.I. algorithms. Since the pro- 
posed algorithm views deviations in the output of the 
process from the set point value as an equivalent step 
disturbance in the input, the response is always stable. 
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NOTATION 

a 
Gp (s) = process transfer function 
&, K ,  = process gain, controller gain 
m = manipulated variable 
T = sampling period 
X ’ 
y 
Greek Letters 
Q 

B 

= constant used to define dead time 

= input to the process 
= output of the process 

= constant defined in Equation (2 )  
= constant defined by Equation (9) 

= deviation in process parameter, r 
= Jeviation in process parameter, Kp 
= fraction used to define time delay 

ek 

r, TI = process time constant, integral time 

Subscripts 
a = algorithm 
p = process 
i = value of the variable between the time iT and 

( i +  l ) T  
Superscripts 

set 
* = variable evaluated hT time later 

= set point of the variable 
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There is growing recognition that two-phase models for 
fluidized-bed reactors should take account of end effects. 
Experimental results show that bubbling-bed models do 
not properly represent reaction near the gas distributor 
(Chavarie and Grace, 1975) or in the freeboard region 
(Furusaki et al., 1976). In this note we consider reaction 
in the vicinity of the grid. 

EARLIER MODEL 

Behie and Kehoe (1973) proposed a two-phase model 
which extends one of the well-known Orcutt models (Or- 
cutt et al., 1962) by treating a plug flow, jet region devoid 
of particles in series with the bubble phase. Gas in the 
entire dense phase is assumed to be perfectly mixed. Since 
the resistance to mass transfer between grid jets and the 
dense phase is much lower (Behie, 1972) than that between 
bubbles and the dense phase, the grid model predicts sig- 
nificantly higher conversions than the corresponding Or- 
cutt model, providing that the kinetic rate constant is 
sufficiently large for the rate of reaction to be controlled 
by hydrodynamic factors. 

The case considered by Behie and Kehoe involves a 

0001-1541-78-9913-0364-$00.75 Q The American Institute of Chemi- 
cal Engineers, 1978. 

first-order, constant volume, gas phase reaction A 4 B 
catalyzed by the solid particles. Temperature gradients 
are neglected. The flow patterns assumed for the three 
phases are shown schematically in Figure 1. Note that 
the entire flow of gas UA is assumed to pass through 
the jets and then to divide itself between the bubble 
phase and dense phase at the top of the jets. The mass 
balance equations for the three phases are 

Jet phase (0  L x h ) :  

Bubble phase ( h  < x L H )  : 
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where fi  is the fraction of the incoming gas entering the 
bubble phase (assumed to be independent of height), and 
kjaj and k b a b  are the interphase mass transfer coefficient 
x interfacial area/unit bed volume products for the jet 
and bubble regions, respectively. Equations ( 1) and (2 )  
can be integrated readily to express cj and c b  explicitly 
in terms of c d .  c d  is then found from Equation (3) ,  and 
the exit concentration for the reactor is obtained from a 
mass balance; that is 

This yields 
CAe = /%bH + (1 - B)Cd (4)  

( 5 )  

(6) 

C A ~  - 1 + j 3 (K  - l)e-(mJ+mb) -- 
Cao 1 + K - J B e - ( m j + m b )  

k 3 m f  K=- 
U 

is a dimensionless rate constant, and 

where 

(7)  
k j a j h  k b a b ( H  - h )  

mj = -’ r n b  = 
u ’  BU 

are dimensionless mass transfer parameters for the jet 
region and bubble region, respectively. Predictions for the 
two cases used as illustrative examples by Behie and Kehoe 
are shown in Figure 1. 

EXTENDED GRID MODELS 

Two key assumptions of the Behie and Kehoe model 
are that the gas in the dense phase is perfectly mixed and 
that there are no particles dispersed in the jet phase. 

m M L :  ---- PURE BEHIE & 
BUBBLE KEHOE 

SCHEMATIC: 

Backmixing of gas in the bubbling region is caused by 
adsorption and desorption processes and by drag due to 
solid particles moving downwards to compensate for up- 
ward transport of solids in bubble wakes (Latham and 
Potter, 1970). Merry (1976) has shown that some en- 
trainment of solids does occur into grid jets. While the re- 
sulting solids flow pattern modifies the streamlines for the 
fluidizing fluid, massive solids backflow and gas back- 
mixing appear unlikely, although local gas downflow can 
occur for the analogous case of spouted beds (van 
Velzen et al., 1974). 

In  order to observe the sensitivity of modeling to the 
assumptions of perfect gas phase mixing in the dense phase 
and no solids in the jets, we consider two simple alternate 
models, illustrated schematically in Figure 1. Both models 
lead to analytic solutions for first-order reactions. In the 
first, the entire dense phase is treated as a stagnant region 
(no vertical gas flow as in the bubbling-bed model of 
Kunii and Levenspiel, 1969). The entire gas flow passes 
through the jet and bubble phases, both of which are as- 
sumed to be in plug flow. Different interphase mass 
transfer rates are again assumed between the dense phase 
and the jet and bubble phases. Some solids are assumed 
to be dispersed in the jet phase, with the volumetric con- 
centration of particles there being u. 

The mass balance for reactant A in the bubble phase 
is identical to Equation (2), but with #I = 1. For the 
other phases, the new equations are: 

Jet phase (0 L- x h)  : 

STkGNANT COMPOSITE ----__ 
DENSE PHASE MODEL 

t 

L-7 L_1 
1.U 

,Bubble Model (no jets) 

I I\ . 
Bubble Model (no jets ‘1 

-. 

EXPANDED BED HEIGHT , H t cm) 

Fig. 1. Predictions of three fluidized-bed reactor models including the grid jet region compared with a bubbling bed model (Orcutt et al., 
1962) in which bubbler are assumed to form right or the distributor. Conditions are the same as in the illustrative example of Behie and Kehoe 
(1973). 
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come important for fast reactions, especially for lower mj 
and high heats of reaction. 

There is a need for further work on the grid region. In 
particular, more jet to dense phase transfer rates must 
be measured to allow generalizations of the results of 
Behie (1972). Since the grid region is commonly a region 
of marked temperature gradients, energy balances must 
also be considered when we apply the grid models for 
many reactions of practical importance. 
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NOTATION 

A = cross-sectional area of bed 
a b ,  uj = interfacial area of bubble, jet phase per unit 

C A ~ ,  Cao = exit, initial concentration of reactant A 
c b ,  c d ,  Ci = bubble phase, dense phase, jet phase concen- 

C b H ,  Cjh = value of C b  at x = H ,  value of Cj at x = h 
H ,  Hmf = total bed height, height at minimum fluidization 
h = jet height 
K ,  K b ,  Kj  = dimensionless rate constants defined by Equa- 

k b ,  ki = bubble, jet to dense phase mass transfer coefficient 
kr = first-order kinetic rate constant based on unit vol- 

m b ,  mj = dimensionless mass transfer parameters defined 

U ,  Umf = superficial gas velocity, minimum fluidization 

x = disLance above the grid 
f l  = fraction of gas flow in the bubble or jet phase 
Zb, ~j = fraction of cross-sectional area occupied by bub- 

emf = bed vodage at minimum fluidization = dense 

u = fraction oi jet volume occupied by particles 

Support from Energy, Mines and Resources Canada is grate- 

bed volume 

tration of A 

tions (6) and (12) 

ume of dense phase 

by Equation (7) 

velocity 

ble, jet phase 

phase voidage 

Dense phase (0 4 x A h)  : 
kjaj(cj - c d )  = h(1 - €j)Cd 

k b U b ( C b  - c d )  = k r (  1 - € b ) C d  

(9) 

(10) 

Dense phase ( h  < x 6 H )  : 

The exit concentration is simply C b H .  Solving these equa- 
tions, we obtain 

C A c  miKi 
C A o  -= exp { - mi + Kj 

mbKb } (11) 
Kjrju 

(1 - C j )  ( 1  - emf) 
- - 

m b  + K b  

where m b  and mi are as defined in Equation ( 7 ) ,  only 
with j3 = 1, while 

k r ( l  - q ) h  
U 

k r ( 1  - Q b )  (H - h)  
U Kj = ; K b =  

(12) 

The three terms in Equation (11) arise from reaction, 
respectively, in the lower dense phase (x 6 h ) ,  in the 
jets themselves, and in the upper (x > h )  dense phase 
level with the bubbling region. 

For the other alternate model, labeled composite model 
in Figure 1, the dense phase is considered to be composed 
of two parts. In the lower, from the grid to the top of 
the grid jets, gas is assumed to be stagnant as in the 
previous case. At the top of the jets, gas is assumed to 
distribute itself, a fraction /3 passing in plug flow through 
a soIids free bubble phase and the remainder perfectly 
mixed in an upper dense phase region. Mass balances 
may now be written as for the corresponding cases above. 
The resulting exit concentration is 

-=[ C A ~  1 1 -t p ( K b  - -  l)e-mb 
C A o  1 + K b  - BeTmb 

where /i? ~ = i  1 - Umf/U from the two-phase theory of 
fluidization. 

COMPARISON OF MODELS 

Exit concentrations are shown in Figure 1 as a function 
of total bed height H for each of the models discussed 
above using the physical properties defined in their Table 
1 by Behie and Kehoe (1973) with 0.0127 m diam ori- 
fices, h = 0.305 m, and kinetic rate constants differing 
by a factor of 100. The fluidizing gas was assumed to have 
a density of 1.2 kg/m3. 

The basic qualitative conclusion of Behie and Kehoe is 
valid regardless of which grid model is adopted; that is, 
ignoring the jet region causes little error for a slow 
(kinetics controlied) reaction, whereas there is a very 
marked influence of the grid region for fast reactions un- 
less the bed is very deep. Quantitatively, both alternate 
models generally predict less conversion than the Behie 
and Kehoe model which, as shown by Errazu and de Lasa 
( 1977), inevitably approaches the predictions for a single- 
stage, continuous, stirred tank reactor when m, >> 1. 
The curves plotted in Figure 1 are for cr = 0. Experiments 
indicate u lies in the range 0.001 to 0.006 (Merry, 1976). 
For the conditions used by Behie and Kehoe, reaction due 
to solids entrained in the jets has negligible influence on 
the overall conversion for this range of u but could be- 
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